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Hollow ﬁbre membrane contactor (HFMC) systems have been studied for the desorption of dissolved
methane from both analogue and real anaerobic efﬂuents to ascertain process boundary conditions for
separation. When using analogue efﬂuents to establish baseline conditions, up to 98.9% methane removal
was demonstrated. Elevated organic concentrations have been previously shown to promote micropore
wetting. Consequently, for anaerobic efﬂuent from an upﬂow anaerobic sludge blanket reactor, which
was characterised by a high organic concentration, a nonporous HFMC was selected. Interestingly, mass
transfer data from real efﬂuent exceeded that produced with the analogue efﬂuent and was ostensibly
due to methane supersaturation of the anaerobic efﬂuent which increased the concentration gradient
yielding enhanced mass transfer. However, at high liquid velocities a palpable decline in removal efﬁ-
ciency was noted for the nonporous HFMC which was ascribed to the low permeability of the nonporous
polymer provoking membrane controlled mass transfer. For anaerobic efﬂuent from an anaerobic
membrane bioreactor (MBR), a microporous HFMC was used as the permeate comprised only a low
organic solute concentration. Mass transfer data compared similarly to that of an analogue which sug-
gests that the low organic concentration in anaerobic MBR permeate does not promote pore wetting in
microporous HFMC. Importantly, scale-up modelling of the mass transfer data evidenced that whilst
dissolved methane is in dilute form, the revenue generated from the recovered methane is sufﬁcient to
offset operational and investment costs of a single stage recovery process, however, the economic return
is diminished if discharge is to a closed conduit as this requires a multi-stage array to achieve the re-
quired dissolved methane consent of 0.14 mg l1.
& 2015 Published by Elsevier B.V.1. Introduction
In engineered anaerobic environments such as landﬁlls or
anaerobic wastewater treatment processes, the process efﬂuent
produced is generally at equilibrium with the gas phase, a sig-
niﬁcant fraction of which is methane (CH4, 50% to 80% v/v in gas
phase) [1]. Consequently, anaerobic efﬂuents commonly comprise
between 10 and 25 mg l1 of dissolved methane dependent upon
the partial pressure of methane in the process atmosphere [2,3].
Several authors have also reported on anaerobic efﬂuents that are
‘supersaturated’ with dissolved methane, which demonstrates that
dissolved methane concentrations can be higher than those pre-
dicted based on Henry's law, ostensibly due to the formation of
microbubbles [4,5]. Hartley and Lant [5] recorded an average su-
persaturation index of 1.6 (Ce/C*, measured concentration in wa-
ter/expected equilibrium concentration) from an ambientAdam).temperature high rate anaerobic migrating bed reactor treating
crude domestic wastewater. The authors latterly estimated su-
persaturation indices of between 1.9 and 6.9 for previously pub-
lished studies. Cookney et al. [3] also recorded an efﬂuent super-
saturation index of 1.6 when operating an upﬂow anaerobic sludge
blanket reactor (UASB) for domestic wastewater treatment and
importantly noted that dissolved methane accounted for over 50%
of the methane produced, which constrains the opportunity for
energy generation from full ﬂow anaerobic treatment and will
inevitably broaden carbon footprint [6].
Dissolved methane must be removed from anaerobic efﬂuents
that are to be discharged to sewer or other enclosed conduits to
avoid generating potentially explosive atmospheres. The lower
explosive limit (LEL) for methane in the gas phase is 5% v/v which
at equilibrium corresponds to a dissolved methane concentration
of 1.4 mg l1 at 15 °C and 101.325 kPa [7]. Consequently, a factor of
safety of ten has been applied in industry to ensure that explosive
conditions are avoided, leading to a dissolved methane discharge
consent of 0.14 mgCH4 l1 often being enforced [2]. Multi-stage
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generally used to provide contact between the methane saturated
liquid phase and a dilute gas phase (air or nitrogen) which in-
troduces a concentration gradient at the gas–liquid interface to
create the driving force for stripping. Both processes yield a
compliant efﬂuent, however, considerable process scale is de-
manded to enable sufﬁcient contact time [8]. Furthermore, sig-
niﬁcant air ﬂows are required which produce a dilute gas phase
below the LEL for methane (around 0.03%CH4 v/v in the stripped
gas) [2,8].
Micro-porous hollow-ﬁbre membrane contactors enable the
same desorption mechanism to conventional bubble columns
through mediating contact between the gas and liquid phases.
However, the hydrophobic micro-porous membrane supports
non-dispersive contact between the liquid and gas phases where
the dissolved gas is free to diffuse through the gas ﬁlled pores [9].
Furthermore, the hollow-ﬁbre geometry yields higher packing
densities leading to large speciﬁc surface areas which enable re-
duced process scale and lower gas-to-liquid ratios to be employed.
For example, O'Haver et al. [10] demonstrated superior removal
efﬁciencies with a HFMC compared to an aerated bubble column
for desorption of volatile organic compounds (VOCs) from a con-
taminated surface stream requiring a unit volume only 7.5% of the
column [10]. Hydrophobic micro-porous HFMC have also seen
wide commercial deployment for oxygen (O2) desorption from
high quality industrial process waters [11]. However, their appli-
cation to wastewater is more limited since wastewater comprised
of concentrated organic solutes have been shown to induce
membrane wetting of the micro-pores, a process whereby water
penetrates the gas ﬁlled pore (either partially or fully) impeding
gas transport [12,13].
To obviate the wetting phenomenon, nonporous membranes
have instead been used as the boundary between the liquid and
gas phase [9]. Both Bandara et al. [14] and Cookney et al. [3] have
employed nonporous membranes (composite with polyethylene as
the nonporous substrate [14]; symmetric polydimethylsiloxane,
PDMS [3]) for dissolved methane recovery from the anaerobic ef-
ﬂuent of UASB reactors which are noted to comprise both parti-
culate and soluble organics. In their study, Bandara et al. [14] were
able to successfully demonstrate that the methane recovered was
of a viable concentration for reuse in energy generation. However,
the authors did not seek to optimise the hydrodynamic environ-
ment and as such residence times within the membrane vessel
were between 2.8 and 9.2 h which are practically unsustainable at
full scale. Cookney et al. [3] undertook preliminary investigation of
the hydrodynamic environment and determined that maximum
dissolved methane removal efﬁciency (72%) was achieved at the
lowest liquid velocity trialled but the authors did not explicitly
investigate rate limiting phenomena thus the boundary conditions
for methane recovery were not clearly identiﬁed. Both nonporous
HFMC studies applied wastewater to the shell-side of the mem-
brane to avoid the risk of clogging the ﬁbre lumen with particulate
matter. It is encouraging that the adoption of wide bore ﬁbres by
Cookney et al. [3] generated sufﬁcient interstitial spacing (packing
fraction of 0.43) to avoid the onset of fouling or clogging of the
surrounding channel.
However, in nonporous membranes, it has been established
that the membrane wall can present a signiﬁcant resistance to
mass transfer as the gases have to diffuse through the dynamic
free volume network of the polymer [9]. Thus whilst both non-
porous HFMC studies importantly identiﬁed the potential for dis-
solved methane recovery from UASB efﬂuents, micro-porous hol-
low-ﬁbre membranes would be preferentially selected for dis-
solved methane removal where anaerobic efﬂuents are sufﬁciently
low in organic solutes to limit wetting phenomena as this will
enhance mass transfer and limit process scale. Several authorshave now proposed the use of anaerobic membrane bioreactors
(AnMBR) as an alternative reactor conﬁguration to UASB reactors
since the micro or ultraﬁltration membrane that is integrated into
the process can produce permeate that is free of particulate matter
(suspended solids) and is low in organic solutes [15]. As a con-
sequence of the low organic solute concentration, microporous
HFMC could be considered appropriate for application to AnMBR
permeate for dissolved methane recovery. Furthermore, the
anaerobic permeate can be applied to the lumen-side of the mi-
croporous membrane due to the absence of particles, which has
been noted to provide preferential mass transport in microporous
HFMC at pilot scale [19].
From a review of the literature, very different attributes
(membrane material and ﬁbre packing density) are required when
applying hollow ﬁbre membrane contactor technology to the two
principle anaerobic reactor conﬁgurations (AnMBR or UASB) con-
sidered for anaerobic wastewater treatment. Speciﬁcally, for ef-
ﬂuent comprised of high organics and high solids concentration
(typical of UASB reactors), hollow-ﬁbres comprised of nonporous
material are advantageous as they limit wetting phenomena; loose
ﬁbre packing is also advantageous as this limits clogging of the
interstitial ﬁbre spacing [3]. In contrast, the high permeate quality
produced from an AnMBR (no solids, low organics) suggests HFMC
comprised of microporous material and higher packing density
can be used, which would advantage mass transfer, as the risks of
wetting and clogging are obviated. The aim of this study is
therefore not to provide a direct comparison of porous and non-
porous HFMC for dissolved methane recovery but is instead to
examine application of HFMC technology to the recovery of dis-
solved methane from the two principle anaerobic reactor conﬁg-
urations considered for full scale wastewater treatment. Speciﬁc
objectives are to: (i) to establish baseline mass transfer data for
two selected HFMC designs within a controlled environment using
an analogue efﬂuent; (ii) examine dissolved methane recovery
from UASB reactor efﬂuent using nonporous HFMC, with liquid
ﬂow on the shell-side, to avoid the risk of wetting and lumen
blockage by particulate and soluble organics; (iii) examine dis-
solved methane recovery from AnMBR reactor permeate using
microporous HFMC, with liquid ﬂow on the lumen-side to max-
imise mass transfer in anaerobic permeate comprised of no par-
ticulates and only a low organic solute concentration; and (iv) use
baseline mass transfer data generated from analogue efﬂuents to
benchmark and diagnose HFMC performance on real efﬂuent.2. Materials and methods
2.1. Experimental set-up
The PDMS HF membrane contactor comprised 13 dense poly-
dimethylsiloxane ﬁbres with a 250 mm wall and 3.2 mm lumen
diameter (Sterilin Limited, Newport, UK) (Table 1). The ﬁbre ends
were pre-treated with sealant to enhance adhesion (Dow Corning,
Seneffe, Belgium) and potted into a PVC shell (23 mm internal
diameter) using a mixture of epoxy resin/polyoleﬁn primer (Fre-
dAldous, Manchester, UK; Loctite, Henkel, Germany). The PDMS
membrane yielded a 0.62 m ﬁbre length with total contact area
0.094 m2 and packing fraction (ø) 0.34. The packing fraction and
ﬁbre outer diameter were speciﬁed similar to a previous HFMC
study which evidenced limited fouling/clogging in HFMC applied
to real wastewater comprising particulate matter [3]. The PDMS
membrane was operated counter-currently with water ﬂowing
parallel to the ﬁbres on the shell-side to avoid the risk of lumen
clogging. Nitrogen enriched air was produced from compressed air
(8 barg) using a nitrogen selective HF membrane (5-M, N2 Gen.
Ltd., London, UK) and introduced into the HF lumen. Nitrogen gas
Table 1
Membrane module characteristics.
Parameter PDMS (Nonporous) PP (Microporous)
Membrane Surface
Pore size (mm) N/a 0.03/o0.1a
Porosity (%) N/a 40
Fibre description
Inner diameter (mm) 3200 220
Outer diameter (mm) 3700 300
Wall thickness (mm) 250 40
Fibre length (m) 0.62 0.1397
Module design
Shellside diameter (m) 0.023 0.0425
Shellside volume (ml) 257 78
No. of ﬁbres (dimensionless) 13 7400
Total ﬁbre area (m2) 0.094 0.58b
Packing (m2 m3) 364 4600
a Fibre diameter longer along ﬁbre length.
b Based on ﬁbre inner diameter.
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Instruments, Trevose, US). The microporous membrane contactor
comprised 7400 ﬁbres (ø 0.37) creating a surface area of 0.58 m2.
The ﬁbre contained a 40 mm wall and 220 mm lumen diameter
(Membrana, Wuppertal, Germany). The pores of the microporous
polypropylene ﬁbres were around 30 nm in width and 100 nm in
length [9]. Water was passed through the lumen of the micro-
porous HFMC to maximise mass transfer (which aligned with
manufacturer recommendations [19] and was considered appro-
priate as the AnMBR permeate was particle free) whilst nitrogen
gas was introduced in counter-current mode to the shell-side
(Fig. 1). The water line was ﬁtted upstream and downstream of the
membrane with gas tight sampling ports comprised of stainlessFig. 1. Experimental rig schematic illustrating aspirator setsteel luer-lock ﬁttings to enable liquid samples to be collected
without exposure to the atmosphere.
2.2. Analytical methods
The method for dissolved methane analysis was adapted from
Alberto et al. [16]. Gas chromatograph vials (22.7 ml) were sealed
with butyl lined caps and placed under vacuum (280 mbar, Capex
L2C vacuum pump, Charles Austen Pumps, Byﬂeet, UK). Evacuated
vials were then ﬁxed onto the water line via the luer-lock ﬁttings
to enable closed atmosphere sampling. Samples were collected
until pressure equilibrated leaving a headspace of ca. 5 ml. An
accurate determination of the liquid volume collected was de-
termined by measuring vial weight before and after liquid col-
lection using a three decimal place balance. Following collection,
samples were agitated for 7 min and left for 16 h to enable equi-
libration with the headspace [3]. Prior to sample collection, three
liquid-side retention times were completed to ensure that steady-
state was reached; samples were collected in triplicate for each set
of conditions. Analysis of the headspace gas phase was carried out
using gas chromatograph with thermal conductivity detection
(GC-TCD, 200 Series, Cambridge Scientiﬁc Instruments, Cambridge,
UK). With each analysis, reference gas mixtures (methane 5, 24.97,
49.97 and 74.99% balanced with N2) were used to develop a cali-
bration curve (Scientiﬁc Technical Gases Limited, Newcastle-Un-
der-Lyme, UK). The ﬁnal dissolved gas concentration was calcu-
lated using the following mass balance [5]:
α= ( + ) − ( )X
X Vol Vol X Vol
Vol 1L
G G L G G
L
1
2 1
where XL1, XG1 and XG2 are the dissolved gas concentration, gas
headspace concentration before shaking and after shaking re-
spectively (mg ml1), VolL and VolG are the liquid gas phase vo-
lumes in the vial (ml) and α is the Bunsen solubility coefﬁcient. All
dissolved methane measurements were performed in triplicate.-up for controlled production of synthetic wastewater.
Fig. 2. Impact of superﬁcial liquid velocity (VL) on dissolved methane removal ef-
ﬁciency for the dense (PDMS) and microporous (polypropylene) membrane con-
tactors. Gas velocity (VG) ﬁxed at 0.33 and 0.19 m s1 for the nonporous and mi-
croporous membranes respectively.
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Synthetic methane saturated efﬂuents were prepared by spar-
ging de-ionised (DI) water (o1 mS cm1, Elga Process Water,
Marlow, UK) with 99.995 % methane (BOC, Manchester, UK) using
a 0.01–1 l min1 mass ﬂow controller (Alicat Scientiﬁc, Tucson,
US) to control sparge rate. A magnetic stirrer was added to the
sealed 22 l aspirator to enhance the rate at which saturation
(equilibrium) was achieved (around 60 min). The aspirator was
maintained at 25 °C and exposed to methane rich gas-side con-
ditions (methane mole fraction of gas phase ( yCH4) was 100%)
yielding an average dissolved methane concentration at equili-
brium of around 21 mgCH4 l1 in the analogue which is close to
the equilibrium concentration estimated using a Bunsen solubility
coefﬁcient of 0.03469 (ml CH4 (STP) [ml H2O]1) [30]. The stan-
dard deviation of each triplicated inlet reading was below 3%.
Throughout testing with the synthetic efﬂuent, the average inlet
dissolved methane concentration varied by less than 4.3% (n¼21).
Gas collected in the 2 l headspace was vented through a gas trap to
release pressure and prevent supersaturation of the synthetic so-
lution. Real methane saturated anaerobic efﬂuents were also
produced from an UASB and an anaerobic MBR. When testing
anaerobic efﬂuent, the aspirator was replaced with a 10 l capacity
buffer tank which was directly ﬁlled from the UASB or AnMBR
efﬂuent line. The 42.5 l UASB comprised a granular biomass
treating settled sewage at ambient temperature (mean tempera-
ture 18 °C, CODT inﬂuent 360 mg l1) and was operated at a hy-
draulic retention time of 9.4 h, yielding an organic loading rate of
0.9 g l1 d1. The anaerobic MBR comprised the 42.5 l UASB
linked to a polyvinyldiﬂuoride (PVDF) ultraﬁltration hollow-ﬁbre
membrane downstream (nominal pore size, 0.04 mm; surface area
0.93 m2). In both conﬁgurations, a recirculating ﬂow was provided
by recycling UASB efﬂuent (for the AnMBR indirectly through the
membrane chamber) to provide an internal upﬂow velocity of
around 1 m h1.
2.4. Mass transfer analysis
If the inﬂuent gas phase concentration is assumed equal to
zero, and the inﬂuent liquid-phase concentration is in equilibrium
with the exiting air, the dimensionless Henry's constant (H for
methane, 28.41 at 25 °C) can be used to estimate the minimum
gas-to-liquid ratio necessary to achieve a set treatment objective
[29]:
= −
( )
⎛
⎝⎜
⎞
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Q
Q
C C
HC 2
G
L min
e0
0
where QG is gas ﬂow rate (m3 h1), QL is liquid ﬂow rate (m3 h1)
and c0 and ce are the inlet and outlet concentrations respectively.
The overall mass transfer coefﬁcient can be determined by a mass
balance of dissolved methane in the water passing in the module
[20]:
( )= − − − * ( )Q
dc
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k c c0 3e
where A is the total membrane area, and ce and c* are the actual
and equilibrium concentrations of dissolved methane in the water.
In this study, the nitrogen sweep gas is applied in excess, so the
concentration c* can be regarded as constant thus Eq. (3) can be
integrated assuming that the inlet concentration is C0 and can be
conveniently expressed as [20]:
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where VL is the superﬁcial liquid velocity (m s1), a is the area permembrane volume of the bed (m1) and L is the membrane length
in the direction of ﬂow (m). Individual contributions to overall
resistance for a hydrophobic microporous membrane with gas
ﬁlled pores can be estimated:
= + +
( )K
H
k
H
k k
1 1
5L g m l
where kg, km and kl are the gas, membrane and liquid coefﬁcients
respectively. The speciﬁc contribution to mass transfer provided
by the micro-porous membrane (km) can be estimated by assum-
ing unrestricted gas ﬂow (i.e. not Knudsen diffusion) in a gas ﬁlled
pore [18]:
ε
τ
= ( )k
D
l 6m
g m
m m
where Ɛm, τm, and lm are the porosity (40%), tortuosity (2.25) and
thickness of the membrane respectively and Dg is the effective
diffusion coefﬁcient of gas ﬁlled pores [9]. In the absence of a
limiting gas phase, and for sparingly soluble gases, this reduces to
=K k1/ 1/L l indicating liquid ﬁlm controlled mass transfer. For
dense membrane contactors applied to desorption, the overall
resistance to mass transfer is [17]:
δ= + ( )K PH k
1 1
7L l
where δ PH/ is the membrane resistance, δ is polymer thickness
and P is polymer permeability.3. Results
3.1. Impact of gas and liquid velocity on dissolved methane removal
efﬁciency
For both membrane systems, high dissolved methane removal
efﬁciencies (deﬁned by the difference between the inlet and outlet
dissolved methane concentrations entering and exiting the
membrane) of 92.6% and 98.9% were recorded for the nonporous
and micro-porous membrane systems respectively at the lowest
liquid velocity (VL) tested (4104 m s1 respectively). However,
for both membrane systems dissolved methane removal efﬁciency
decreased with an increase in VL (Fig. 2). This trend was particu-
larly pronounced for the nonporous PDMS membrane. To illus-
trate, removal efﬁciency declined rapidly from 92.6% to 40.8%
Fig. 3. Impact of superﬁcial gas velocity (Vg) on dissolved methane removal efﬁ-
ciency for the dense (PDMS) and microporous (polypropylene) membrane con-
tactors. Liquid velocity (VL) ﬁxed at 0.006 and 0.0004 m s1 for the nonporous and
microporous membranes respectively. Dashed line represents Vg necessary to
achieve G/Lmin for 95% removal.
Fig. 5. Impact of superﬁcial liquid velocity (VL) on the overall mass transfer coef-
ﬁcient for the microporous membrane contactor. Dissolved oxygen data from the
literature [19] which uses the same membrane has been added with and without
correction of the mass transfer coefﬁcient for the diffusivity of methane.
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gradually upon increasing VL to 0.047 m s1 where a dissolved
methane removal efﬁciency of 10.8% was recorded. For compar-
ison, dissolved methane removal efﬁciency decreased to 63.3% in
the micro-porous membrane system when VL was increased to
0.045 m s1. The inﬂuence of gas side hydrodynamics was also
evaluated at ﬁxed VL (Fig. 3). For both membrane systems, dis-
solved methane removal efﬁciency remained relatively unchanged
upon increasing VG from 1.5103 to 9103 m s1 and from
0.033 to 2.39 m s1 for the micro-porous and nonporous mem-
branes respectively.
3.2. Mass transfer analysis of microporous and dense membranes
using synthetic efﬂuent
Whilst dissolved methane removal efﬁciency was observed to
decline with an increase in VL, an increase in VL was simulta-
neously noted to increase mass transfer (KL) for both membrane
systems (Figs. 4 and 5). The subsequent relationship observed
between KL and VL for the nonporous membrane when treating
synthetic efﬂuent was ostensibly similar to that describedFig. 4. Impact of superﬁcial liquid velocity (VL) on the overall mass transfer coef-
ﬁcient for the nonporous membrane contactor (PDMS, 250 mmwall thickness). Data
compared to O2 desorption data [17] from a PDMS (150 mm wall thickness)
membrane.Bessarabov et al. [17] for the separation of dissolved oxygen from
pure water using a ﬂat sheet PDMS membrane (Fig. 4). Similarly
for the micro-porous membrane, the data provided a reasonable ﬁt
to literature data for dissolved oxygen removal from pure water
using the same ﬁbre type [19] (Fig. 5). Experimental data was
characterised in the dimensionless form of the Sherwood number
(Sh¼Kd/D) and provided a positive increase in Sh with an increase
in VL (Fig. 6). Tan et al. [21] provide a corrected Sherwood corre-
lation of Sh¼3.228Re0.5632Sc0.33 for a PDMS hollow ﬁbre mem-
brane operated in shellside ﬂow for removal of dissolved oxygen
into a nitrogen sweep gas which substantially overpredicts mass
transfer within this study. The relationship between Sh and Re in
shell-side ﬂow is strongly dependent upon both conﬁguration and
ﬁbre packing [21]. However, broad agreement was identiﬁed be-
tween Sh data from the nonporous membrane system in this study
and the general correlation proposed by Wickramasinghe et al.
[20] following dissolved oxygen desorption trials of a host of
membrane contactor architectures operated with water ﬂowing on
the shellside of Sh¼0.8Re0.47Sc0.33. Since the micro-porous HFMC
was operated in lumen-side ﬂow (in accordance with manu-
facturers instruction), the data produced could be adequately de-
scribed by analogy to the Lévèque solution (Sh¼1.62(Gz)1/3, valid
for Gz420) once VL exceeded 6103 m s1 which corresponded
to a Gz range between 7 and 51. The difference in magnitude be-
tween Sherwood numbers produced from each membrane can beFig. 6. Sherwood correlation for the dense (PDMS) and microporous (poly-
propylene) membrane contactors compared to established Sh correlations for lu-
men-side (Graetz-Lévêque solution, microporous) and shell-side ﬂow [20].
Fig. 8. Comparison of the Sherwood number (Sh) derived experimentally using
synthetic efﬂuent in the microporous contactor to the Sh number determined ex-
perimentally when using real efﬂuent from an AnMBR. Dashed line represents a 1:1
relationship.
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smaller for lumen side ﬂow (applied for the micro-porous mem-
brane) than for shell side ﬂow (applied for the PDMS membrane)
even though the mass transfer coefﬁcients are similar [21].
3.3. Mass transfer analysis of microporous and nonporous mem-
branes using real efﬂuent
Dissolved methane in the anaerobic efﬂuent of the anaerobic
membrane bioreactor measured 8.8 mg l1 which approximately
corresponds to the equilibrium concentration estimated for the
methane mole fraction of the biogas produced within the head-
space ( yCH40.41) indicating that the process efﬂuent dissolved
methane concentration was at saturation (Ce/C* 1). The dissolved
methane concentration in the UASB efﬂuent was considerably
higher at 25.4 mg l1, and exceeded the equilibrium concentration
estimated for the methane mole fraction of the biogas produced
within the headspace (0.76) which indicates supersaturation of the
ﬂuid (Ce/C* 1.3), as has been demonstrated previously for anaero-
bic efﬂuents [3,5]. Mass balance of the methane inventory de-
monstrates that for the systems studied, between 45% and 88% of
the methane produced is released in dissolved form in the liquid
phase. Experimental data was characterised through analysis of
the Sherwood number across a range of VL and was compared to
that of the analogue (Figs. 8 and 9). Good parity was observed
between Sh data derived from the synthetic and anaerobic MBR
efﬂuents with the microporous membrane. However, when com-
paring Sh data produced from analysis of the UASB efﬂuent and
analogue efﬂuent, the UASB efﬂuent Sh data was generally con-
siderably higher than expected.4. Discussion
4.1. Evaluation of process boundary conditions
In this study, the boundary conditions necessary to provide
dissolved CH4 removal efﬁciencies exceeding 98% in a single
module have been demonstrated and require low applied super-
ﬁcial liquid velocities of around 0.003 m s1. When analysing
process boundary conditions, the gas phase was noted to provideFig. 7. Dissolved methane mass balance of the upﬂow anaerobic sludge blanket (UASlimited resistance to mass transfer which was evidenced by a
negligible change in dissolved CH4 removal efﬁciency having de-
creased VG by over an order of magnitude (Fig. 2). This is analogous
to behaviour reported by Tan et al. [21] during their study of dis-
solved oxygen (O2) removal using a PDMS hollow ﬁbre membrane,
where removal efﬁciency remained stable following a decrease in
gas ﬂow from G/L 24:1 to 4:1. The non-limiting behaviour of the
gas phase can be ascribed to the high volatility of methane which
is characterised by a high Henry's constant (Hdimensionless 28.41).
Through application of the Henry's constant, a minimum G/L ratio
of only G/Lmin 0.034 is theoretically required to achieve 98% re-
moval efﬁciency (Fig. 3). Consequently, provided the operational
G/L exceeds G/Lmin, gas phase resistance can be neglected and the
overall resistance to mass transfer (1/KL) simpliﬁes to the sum of
liquid (1/kL) and membrane resistances (1/km). Importantly, lowB) reactor and anaerobic membrane bioreactor (AnMBR) conﬁgurations studied.
Fig. 9. Comparison of the Sherwood number (Sh) derived experimentally using
synthetic efﬂuent in the nonporous (PDMS) contactor to the Sh number determined
experimentally when using real efﬂuent from an AnMBR. Dashed line represents a
1:1 relationship.
Table 2
Anaerobic efﬂuent characterisation for the two anaerobic systems studied.
Parameters UASB Anaerobic MBR
Temperature (°C) 18.0 14.2
Suspended solids (mg l1) 36 N/d
Particle size
d10 (mm) 9 N/d
d50 (mm) 173 N/d
d90 (mm) 705 N/d
Total COD (mg l1) 124 18
Soluble COD (mg l1) 45 18
Protein (mg l1) 16 N/m
Polysaccharide (mg l1) 13 N/m
BOD5 (mg l1) 61 8
N/d – None detected. N/m – None measured.
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covered gas phase. For example, a simpliﬁed mass balance at a G/L
ratio of 0.034 suggests a ﬁnal sweep gas comprising 53% methane
which is sufﬁcient for use in electricity production [22]. Bandara
et al. [14] provided preliminary evidence to this effect when using
partial pressure to control migration of dissolved methane through
a polyethylene composite membrane. The authors recorded
around 20% CH4 in the gas phase and in fact regarded this to be an
underestimation of the methane composition due to air ingress
into the dissolved gas collection line.
The marked enhancement in mass transfer noted following an
increase in VL (Figs. 3 and 4) can be attributed to the maintenance of
a high liquid side concentration gradient at the liquid-membrane
interface at high VL which enhances the driving force for mass
transport [23]. However, for the PDMS membrane, a palpable de-
cline in removal efﬁciency was simultaneously observed as VL in-
creased (Fig. 1). At low VL, PDMS membrane resistance (1/km) was
around 8% of the total resistance (1/KL, 214,626 s m1). At high VL,
liquid phase resistance was reduced and the membrane contributed
up to 99% of 1/KL ( 19,035 s m1). The estimated membrane re-
sistance therefore suggests that dissolved CH4 removal is con-
strained by the permeability of methane through the dense PDMS
polymer within the short residence time provided at high VL. Bes-
sarabov et al. [17] studied O2 desorption through PDMS and ob-
served similar behaviour (Fig. 4). However, whilst O2 is char-
acterised by a lower permeability coefﬁcient (Pi) across PDMS than
methane (600 and 9501010 cm3 (STP) cm cm2 s1 cm-Hg1
respectively [24], the authors reported a higher mass transfer
coefﬁcient for O2 at high VL (Fig. 3). This observation could be at-
tributed to the lower PDMS wall thickness used in their study (lm,
150 mm) which also contributes to the membrane coefﬁcient (km¼Pi
/lm) [9]. Therefore whilst a reduction in membrane wall thickness
can provide some enhancement to mass transfer, mass transfer in
nonporous membranes is primarily restricted by the permeability of
the polymer. For comparison, the microporous membrane exhibited
a resistance to mass transfer (1/km) of 102 s m1 (Eq. (4)) or 0.2% of
the overall mass transfer resistance (1/KL 46,729 s m1) at high VL
indicating that the membrane provides limited restriction to gas
transport thus the microporous system is primarily liquid phasecontrolled. This was practically evidenced by continued enhance-
ment of the mass transfer coefﬁcient without signiﬁcant deleterious
impact on removal efﬁciency at high VL (Figs. 1 and 4).
Sherwood analysis demonstrated that higher mass transfer can
be achieved using UASB efﬂuent in the nonporous HFMC than is
predicted using analogues (Fig. 9). It is posited the enhancement
identiﬁed arises from the methane supersaturation observed in
the UASB efﬂuent which increased the concentration gradient and
hence the net driving force for mass transfer. This is analogous to
observations made by Heile et al. [9] who identiﬁed that ﬂux
across a nonporous HFMC increased proportionately with an in-
crease in feed side concentration. It has been suggested that it is
the formation of microbubbles which induces supersaturation
since the microbubbles can become entrained within the organic
matrix [5]; such observation could explain why supersaturation
was not determined in the AnMBR permeate which was free of
organic particles. Whilst the exact mechanism behind super-
saturation is as yet unclear, Hartley and Lant [5] similarly posited
that CH4 supersaturation provided the mass transfer driving force
underpinning what they described as a forced stripping effect in
an anaerobic system. To avoid clogging of the lumen by organic
particles, the UASB efﬂuent was processed on the shellside of the
nonporous HFMC since the efﬂuent comprised a reasonably high
solids concentration (Table 2). The generalised Sh correlation
proposed by Wickramasinghe et al. [20] to describe shell-side ﬂow
in several laboratory scale HFMC provided a reasonable approx-
imation to the data (Fig. 6). The Reynolds exponent is about half
that of commercial modules which the authors suggested was due
to uneven ﬁbre spacing limiting dispersion. It is therefore asserted
in this study, that the low Re exponent was due to the wide in-
terstitial spacing employed to limit clogging by the coarse ag-
gregates in the anaerobic efﬂuent; an effect which was success-
fully observed (through the Perspex shell) when processing
anaerobic efﬂuent.
4.2. Implications for process application
The wider interstitial spacing required to process UASB anae-
robic efﬂuent comprising suspended solids also limits the
achievable packing density (346 m2 m3 and 4600 m2 m3 for the
nonporous and micro-porous membranes respectively), yielding
much lower volumetric mass transfer coefﬁcients compared to
micro-porous systems, and necessitating considerably larger vo-
lumetric sizes (Fig. 10). To intensify the process, pretreatment
technology for the separation of coarse particles such as micro-
screens could be considered for implementation (i.e. downstream
of the UASB and upstream of the HFMC), thus providing protection
against the ingress of particles which would permit smaller in-
terstitial spacing to be adopted to enhance packing density, similar
to that employed in the microporous HFMC for treatment of
Fig. 10. Comparison of the determined volumetric mass transfer coefﬁcients (KLa)
for the non-porous and microporous membranes respectively. Data for the mi-
croporous membrane operated in both shell-side and lumen-side is presented.
Fig. 11. Modelled dissolved methane removal efﬁciency estimated for a module
with ﬁbre length 0.546 m and membrane area 220 m2. Assumed feed water sa-
turation concentration of 20 gCH4 m3 (approximate equilibrium concentration to
15 °C, yCH4 70%). Net CO2 balance is the difference between non-recovered dis-
solved CH4 at the HFMC outlet (20 gCO2 gCH41) and the use of the recovered
fraction to offset grid electricity (0.47 kg kWh1).
Fig. 12. Modelled dissolved CH4 outlet concentration for ﬁxed ﬂow rates in a single
module, the theoretical contactor length required to achieve 0.14 mgCH4 l1 at the
HFMC outlet and indicative pressure drop data used within the modelled mem-
brane contactor [28].
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ous HFMC, Sh data produced from synthetic efﬂuent and AnMBR
permeate compared well (Fig. 7) which indicates that the low
organic solute concentration in AnMBR permeate is insufﬁcient to
promote wetting in micro-porous membrane materials and fur-
ther that with appropriate pretreatment, the impact of fouling or
clogging on process performance is ostensibly negligible. To en-
hance process viability of nonporous HFMC for UASB efﬂuent
without alteration to the packing density (or to efﬂuent pre-
treatment), thin ﬁlm composite materials could also be considered
that comprise of high permeability polymers such as poly[1-(tri-
methylsilyl)-1-propyne] (PTMSP) which promote considerably
higher methane permeabilities ( 15,4001010 cm3
(STP) cm cm2 s1 cm-Hg1 [25] than PDMS markedly limiting
membrane resistance for nonporous HFMC and thus enabling a
reduction in process scale.
An approximation of process cost and carbon footprint was
undertaken using the approach of Reed et al. [6] to establish
whether: (i) carbon neutrality can be achieved through recovering
a sufﬁcient amount of dissolved methane to offset the global
warming effect of any residual methane (Fig. 11); (ii) to evaluate
the module conﬁguration required to achieve a 0.14 mg l1 dis-
solved methane consent for direct discharge to a closed conduit
[2,7] (Fig. 12); and (iii) to assess whether dissolved methane re-
covery could be cost effective (Fig. 13). The number of modules
required in series was undertaken using [26]:
= ( )
−C
C
e
9
kaL v
0
/
The cost index of Wickramasinghe et al. [27] was modiﬁed to
include revenue from recovered methane which yields a total
annualised cost (€ annum1) where a positive cost is indicative of
proﬁt. Analysis was conducted for ﬁxed conditions of 15 °C ﬂuid
temperature, 70% methane mole fraction in the biogas phase
which generates a typical saturation dissolved methane con-
centration of around 20 gCH4 m3 at equilibrium. Assessment of a
single HFMC module evidences that provided dissolved methane
recovery is above around 90%, the renewable electricity that canbe produced from the recovered methane can offset the carbon
footprint of the dissolved methane residual left in the efﬂuent
(Fig. 11). On this basis, a single module in series can be considered
sufﬁcient for treatment provided discharge is into an open water
course. However, if discharge is to a closed conduit, several mod-
ules in series are required to achieve the discharge consent of
0.14 mg l1 (n¼L/Lmodule) (Fig. 12). Wickramasinghe et al. [20]
identiﬁed that the optimum commercial design is weighted on
most mass transferred per unit cost. This is illustrated in the
U-shaped curve developed for single modules in parallel in which
the left hand side is driven by membrane cost since for lower
single module ﬂows more modules are required in parallel to
match total ﬂow, whereas the right hand side of the curve is
dominated by pressure drop due to the higher ﬂow rates (i.e. ve-
locities) used in fewer membrane modules. Importantly, the po-
sitive annualised cost is indicative that dissolved methane re-
covery using HFMC can be economically practicable. In practice,
the economic return for discharge to a closed conduit (to achieve
0.14 mg l1) is considerably lower than for operating a single
module within carbon neutral constraints. However, the eco-
nomics for discharge to a closed conduit are best compared to
bubble column crossﬂow cascades which are currently used to
achieve the same discharge standard. Cascades employ long re-
tention times (30–45 min) and high G/L ratios (10:1 to 15:1) which
obviate the opportunity for recovery [8]. Consequently, micro-
porous membranes which combine short retention times (1.5–
Fig. 13. Cost indices presented for dissolved methane recovery based on those of
based on [27] with inclusion of a revenue component to account for methane
utilisation (€0.094 kWh1; 40% electrical conversion efﬁciency). Cost based on a
water ﬂow of around 10,000 PE. Total number of modules in series required (total
length/module length) was determined by rounding. Membrane cost used €
40 m2; 7 year life expectancy. Values above zero indicate a positive ﬁnancial
return.
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carbon neutral methane removal at a fraction of the process
footprint.5. Conclusions
Hollow ﬁbre membrane contactor (HFMC) systems have been
successfully demonstrated for dissolved methane recovery from
anaerobic efﬂuents. Mass transfer data obtained from HFMC sys-
tems using anaerobic efﬂuents compared favourably to that pro-
duced from analogue efﬂuent which suggests that the efﬂuent
matrix is not limiting. Interestingly, supersaturation of the UASB
anaerobic efﬂuent increased mass transfer over that predicted
from the analogue which should be considered at the design stage.
For the micro-porous HFMC, mass transfer was observed to be
liquid phase controlled which implies that the membrane does not
restrict mass transfer. Consequently, the AnMBR coupled micro-
porous HFMC can be regarded the most economically favourable
system, for which the ﬁnancial viability was illustrated through
economic modelling. However, for the nonporous HFMC, the
membrane provides the principle resistance to mass transfer and
as such will negatively inﬂuence process scale and economic via-
bility for application to UASB-nonporous HFMC systems where the
primary objective is to achieve either carbon neutrality or the
closed conduit discharge consent (0.14 mg l1). This is further
compounded by the requirement for substantial interstitial spa-
cing included in the nonporous HFMC to limit clogging. The impact
of both constraints was evidenced through the volumetric mass
transfer coefﬁcient which was markedly below that observed for
the microporous HFMC. To enhance the economic viability and
constrain scale of a UASB-nonporous HFMC coupled system, two
options are therefore proposed: (i) enhance mass transfer through
membrane material selection (reduced wall thicknesses, or use of
high permeability substrates); or (ii) inclusion of coarse ﬁltration
upstream of the HFMC and downstream of the UASB to limit solidsloading/clogging of the HFMC and achieve higher hollow-ﬁbre
packing densities that would enable more membrane material into
a single contactor.
The independence of mass transfer on the gas phase was also
demonstrated. Commercially available dissolved O2 HFMC systems
are presently able to achieve 90% dissolved O2 removal at G/L ra-
tios 50% below the G/Lminimum through combined vacuum and
sweep gas which substantiates the assertion that dissolved me-
thane can be recovered in useful form without deleteriously im-
pacting on mass transfer. Based on this assumption, revenue is
illustrated to exceed cost based on recovery and reuse of methane.
This is equivalent to an electricity production of around
0.12 kWhe m3 of wastewater treated (assuming 40% conversion
efﬁciency), which when combined with energy produced from the
upstream anaerobic reactor, offers the potential to approach en-
ergy neutral wastewater treatment [6].Acknowledgements
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support.Nomenclature
a Surface area per membrane volume (m1)
C* Equilibrium concentration of dissolved methane in
water (mg l1)
Ce Measure dissolved methane concentration in water
(mg l1)
de Equivalent diameter (m)
Dg Effective diffusion coefﬁcient through a gas ﬁlled
pore (m2 s1)
Gz Graetz number ([de/L]ReSc) (dimensionless)
H Dimensionless Henry’s constant (28.41 for methane
at 25 °C) (dimensionless)
KL Overall mass transfer coefﬁcient (m s1)
kg Individual gas mass transfer coefﬁcient (m s1)
kl Individual liquid mass transfer coefﬁcient (m s1)
km Individual membrane mass transfer coefﬁcient
(m s1)
lm Membrane thickness (m)
L Membrane length in the direction of ﬂow (m)
P Permeability of the polymer (cm3 cm cm2
s1 cm-Hg1)
QG Sweep gas ﬂow rate (m3 s1)
QL Feed water ﬂow rate (m3 s1)
Re Reynold's number (Re¼ρdeVL/m) (dimensionless)
Sc Schmidt number (Sc¼m/ρDL) (dimensionless)
Sh Sherwood number (Sh¼kde/DL) (dimensionless)
VG Gas velocity within the membrane contactor
(m s1)
VL Liquid velocity within the membrane contactor
(m s1)
VolG Gas phase volume of sample (l)
VolL Liquid phase volume of sample (l)
XL1 Dissolved methane concentration in sample
(mg l1)
XG1 Headspace methane concentration in sample pre-
equilibrium (mg l1)
XG2 Headspace methane concentration in sample post-
J. Cookney et al. / Journal of Membrane Science 502 (2016) 141–150150equilibrium (mg l1)
yCH4 Methane mole fraction in the gas phase above the
feed water (dimensionless)
Greek Letters
Θ Packing fraction (dimensionless)
α Bunsen solubility coefﬁcient (mlCH4 mlH2O1)
εm Membrane porosity (dimensionless)
τm Membrane tortuosity (dimensionless)References
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